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The numerical simulations and experimental data of bed hydrodynamics in a conical
fluidized bed unit are compared. Experimental studies have been carried out in a bed
containing TiO2 particles belonging to A/C boundary of Geldart’s classification with a
wide particle-size distribution. Thus, pressure measurements and an optical fiber tech-
nique allowed determining the effect of static bed height on the fluidization character-
istics of micronic particles. Numerical simulations have then been performed to evalu-
ate the sensitivity of gas-solids drag models. The Eulerian multiphase model has been
used with different drag models and three boundary conditions (BC) consisting of no-
slip, partial-slip, and free-slip. The numerical predictions using the Gidaspow drag
model and partial-slip BC agreed reasonably well with the experimental bed pressure
drop measurements. The simulation results obtained for bed expansion ratio show that
the Gidaspow model with the free-slip BC best fit with the experimental data. VVC 2011
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Introduction

Fluidization in conical vessels is a useful technique with
a variety of applications in drying,1–4 food processing,5,6

pharmaceutical industry,7–10 gasification and pyrolysis
reactors,11–14 and catalytic polymerization reactors.15,16

A conical fluidized bed is a hybrid gas-solid contacting
system, and therefore shares the characteristics of both fluid-
ized and spouted beds. The naming of these types of beds in
the literatures is often informed by their geometrical shape
and the ratio of bed inlet diameter to particle size.3,17 This
bed provides means for the good mixing and circulation for

small solid particles with a wide size distribution. Therefore,
knowledge on the hydrodynamics of gas and particle flow in
conical fluidized bed is essential for their design at both lab-
scale and in industrial applications.

Extensive research has been conduced on the fluidization
behavior of classical powders in the 30 to 1000 lm size
range18 and, consequently, their behavior is relatively well
understood.19–22 Tanfara et al.,23 studied the effect of fine
particles beds with a wide size distribution on local voidage
in a bench-scale conical fluidized bed. Their main conclusion
is that fines form a monolayer around the relatively coarser
particles and act as a lubricant, thus lowering the apparent
bed viscosity. A lower apparent viscosity corresponded to
smooth fluidization with fine bubbles. Geldart19 argued that
the effect observed could be explained by the reduction in
mean particle diameter due to the addition of fines. Geldart’s

Correspondence concerning this article should be addressed to A. Bahramian at
bahramian@profs.hut.ac.ir.

VVC 2011 American Institute of Chemical Engineers

730 AIChE JournalMarch 2012 Vol. 58, No. 3



measurements for Geldart A powder revealed a definite
influence of size distribution on bed hydrodynamics, such as
increased bed expansion and decreased minimum fluidization
velocity. Nevertheless, scant attention has been paid in the
literature to the fluidization behavior of micro-size particles
with wide size distribution in conical fluidized beds.

Experimental results24–26 have shown that the solid flow in a
spouted bed could be divided into three regions, namely, a spout
zone in the center of the bed, an annulus between spout zone
and the walls, and the fountain located at the expanded bed sur-
face on top of the spout and annulus. The dynamic behavior of
gas and particles in the spout zone has been predicted by Lefroy
and Davidson27 using a one-dimensional two-phase model.
They show that the gas flow in the annular zone follows Darcy’s
law and that the pressure distribution at the interface between
spout and annular zones follows a cosine function. Littman
et al.,28 use the vectorial form of the Eurgun equation29 to pre-
dict gas and particles motion in a spout-fluid bed. Kwauk30

reports that a decreasing fluid velocity gradient in the direction
of fluid flow in a conical vessel has the following advantages:
(1) A higher velocity at the lower section of the cone provides
adequate fluidization of the coarse particles in a polydisperse
particle bed, whereas a lower velocity at the top section pre-
vents excessive carry-over of the fine particles. (2) The highly
agitated coarse particles in the lower zone serve as normal gas
distribution to disperse the fluidizing medium to the upper zone
of the finer particles in the conical bed.

A considerable number of studies based on the progress
made in numerical simulation techniques and computational
fluid dynamics (CFD) have been published in recent years.31–38

Huilin et al.,39 incorporated a kinetic- frictional constitutive
model for dense assemblies of solids in the simulation of
spouted beds. Darelius et al.40 applied a kinetic theory of granu-
lar flow and friction stress models using the slip and partial-slip

boundary conditions (BC) for the solid-phase velocity at the
wall, and their numerical results supported the experiments.

BC play an essential role in the CFD modeling of gas-solids
systems for predicting the hydrodynamic behavior of fluidized
beds. Benyahia et al.36 used Jenkins BC in their simulations.
They investigated two limits (low and high friction) in the solid
phase for estimating the collision of solid particles with the
wall, thereby predicting core-annulus flow. Their results show
that a high friction BC causes unrealistically large granular
energy production at the wall. Taghipour et al.,41 and Almutta-
har and Taghipour38 applied boundary equations developed by
Johnson and Jackson42 in their simulation of a circulating fluid-
ized bed riser. They report that the choice of different slip con-
ditions, corresponding to free- or no-slip BC, affects the solid
behavior of FCC particles near the riser wall.

This article experimentally and numerically studies the
hydrodynamic behavior (especially pressure drop and bed
expansion ratio) of poly-dispersed dried anatase TiO2 particles
in a conical fluidized bed for different gas velocities and static
bed heights (particles loadings). The Eulerian two-phase CFD
model is used to simulate the conical fluidized bed and the
results obtained using three types of BC, i.e., no-slip, partial-
slip, and free-slip are compared with the experimental data.

Apparatus and Experimental Set-up

The experiments have been carried out in a commercially
available Plexiglas conical fluidized bed (STREA-1 from
Aeromatic Ltd., Switzerland). This unit is geometrically sim-
ilar to the industrial-scale one used in the petrochemical and
pharmaceutical industries. The experimental apparatus and
its dimensions are shown schematically in Figures 1A, B,
respectively. There is a screen at the bottom of the conical
fluidized bed (Standard wire mesh: 200), which acts as an

Figure 1. 1. Air compressor, 2. Valves, 3. Rotameter, 4. Electrical clement, 5. Probe thermometer, 6. Gas distributor,
7. Materials bed (TiO2 particles), 8. Conical section, 9. Cylindrical section, 10. Manometers, 11. Filters,
12. Light source, 13. Detectors, 14. Amplifier, 15. Computer and monitoring 16. Cyclone. (A) Experimental
apparatus, (B) Dimensions of the bed.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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air distributor for preventing particle leakage from the bed
when products with a high percentage of fine dust particles
are treated.

The particles used throughout this experiment are dried
anatase titanium dioxide (TiO2) with diameters between 74
to 600 lm belonging to A/C boundary of Geldart’s classifi-
cation. Four different static bed heights, Ho, have been used,
corresponding to 0.012, 0.024, 0.048, and 0.060 m (See Fig-
ure 1A).

The size distribution of the TiO2 particles and their physi-
cal properties are given in Tables 1 and 2. The mean diame-
ter (280 lm mean diameter) is used to determine the average
particle size of the mixture.

Experiments have been performed to identify the steady-
state bed pressure drop at different superficial gas velocities,
Ug, from 0 to 1.5 m/s. Air (60 oC, 101,325 Pa) is used as
fluidization medium and all the experiments have been car-
ried out by increasing its flow rate from the fixed bed to
fully fluidized state. The values of bed expanded have been
obtained by using an optical fiber probe to determine the
mean solid volume fraction at different axial positions. An
r-z translator has been used to position the probe at the
desired coordinative location. This device is provided with
two stepper motors controlled through a GPIB port. More
details on the experimental procedure are available else-
where.43–46

Simulation Procedure and Boundary Conditions

An Eulerian-Eulerian multiphase model that includes gran-
ular kinetic theory and k-e turbulence model has been used
here for both the solid and gas phases to simulate the hydro-

dynamic behavior in a conical fluidized bed. The set of gov-
erning equations (see Appendix A) and k-e turbulent model
(see Appendix B) have been solved by the finite control vol-
ume technique. The two-dimensional axisymmetric segre-
gated solver has been chosen in all the simulations.47,48

The pressure-velocity coupling has been achieved by using
the phase coupled SIMPLEC algorithm. The velocities have
been solved by coupling the two phases in a segregated state
and the pressure equation was built based on total volume
continuity rather than mass continuity. Pressure and veloc-
ities have been corrected to satisfy the continuity constraint.
The mesh density in the computational domain is shown in
Figure 2. The computational domain was discretized by
46,000 structured grid cells (as shown in Figure 2). This
mesh has been chosen to fulfill the conditions for near-wall
function and to minimize the solution’s dependence on mesh
density. A first-order upwind scheme and implicit formula-
tion have been used to discretize the convection term.

The time step in unsteady simulations has been varied
from 5 � 10�5 to 1 � 10�3 s, depending on the solution
convergence. To minimize computation time, the time step
automatically decreases when the solution changes rapidly
and increases when fast transients subside. The computation
time for simulating 5.5 s of real time is �22 h on a PC with
a 3.2 GHz Pentium 4 CPU.

The assumptions and BC used in the simulations are as
follows:
(1) Continuous phases were treated as ideal gas.
(2) The axisymmetric BC is applied along the axis of

symmetry.

Table 1. The Size Distribution of TiO2 Particles Used
in this Work

Sieve Opening,
dpi (lm)

Weight
fraction, xi (x/dp)i dp,avg (lm)

74[ 1.64*10�2 2.29*10�4 � 54
74–90 1.60*10�2 1.37*10�4 82
90–106 8.96*10�2 5.88*10�4 98
106–125 2.92*10�2 1.54*10�4 115
125–200 2.70*10�1 1.74*10�3 163
200–250 1.47*10�1 4.49*10�4 225
250–300 1.14*10�1 3.03*10�4 275
300–355 5.64*10�2 1.37*10�4 328
355–400 2.49*10�1 4.86*10�4 378
400–600 1.24*10�2 1.91*10�5 500
Total 1 3.58*10�3 280

Table 2. Physical Properties of TiO2 Particles

Property Symbol (unit) Value

Average particle size dp, avg (lm) 280
Particle density qp (kg/m

3) 4500
Ho (m) qb (kg/m

3)
qb (kg/m

3)Bulk density 0.012 131
At different Static 0.024 133
Bed height, Ho 0.048 128

0.060 125
Maximum packing limit as,max 0.67

Figure 2. The computational mesh and the grid used
for simulation.
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(3) At the entrance, the inlet gas velocity is assumed to be
the linear gas velocity, Ug, (i.e., Ug 5 0.1, 0.2, 0.3, 0.5, 0.7,
0.9, 1.19, and 1.43 m/s) and the inlet solid velocity is zero.
(4) At the outlet, an outflow BC is given, i.e., the velocity

gradients for the two phases along the axial direction are
zeros. Furthermore, pressure is also specified (atmospheric
condition).
(5) At the wall, no-slip BC is used for the gas phase,

whereas three types of slip coefficients are used for the solid
phase. Based on this, Schaeffer49 approach was used for
no-slip condition, whereas semiempirical boundary equations
developed by Johnson and Jackson42 are applied for free-
and partial-slip BC (Appendix C).

To assess the effect of BC on the model, runs have been
carried out using three different BC for the solid phase,
which are described in Table 3.

In the first simulation run (simulation run 1), the no-slip
BC with frictional effect of particles on the wall is used. In
the second one (simulation run 2), the partial-slip BC with a

partial frictional effect of particles on the wall is used and,
finally, in the third one (simulation run 3), the free-slip BC
without frictional effect of particles on the wall is studied.
Given that, the zero specularity coefficients cannot be
applied mathematically to calculate the slip coefficient, an
equivalent zero shear condition at the wall is applied to
obtain the free-slip BC.

Results and Discussion

Experimental runs have been performed in a conical fluid-
ized bed unit to identify the steady-state pressure drop, mini-
mum fluidization velocity and bed expansion ratio (H/Ho), at
different superficial gas velocities and four static bed
heights, i.e., 0.012, 0.024, 0.048, and 0.060 m.

In all the runs, a bed containing poly-dispersed dried TiO2

particles was fluidized at a superficial gas velocity, correspond-
ing to the minimum fluidization velocity (Umf), and the par-
ticles are entrained by the gas through the central core of the
vessel (spout zone) and form a fountain at its top. The par-
ticles then descend by gravity and gas passing through the
region between the wall and the spout (annular zone). The par-
ticle motion in the spout, annular and fountain zones leads to
bed circulation. Similar particle flow patterns have already
been reported in the literature for other gas-solid contact sys-
tems.2,10,46 Jung and Gidaspow50 found that the volume

Table 3. Simulation Performed at this Study

Simulation
Runs Friction

Slip
Condition

Specularity
Coefficient

1 Friction No-slip (u ¼ 1)
2 Partial-friction Partial-slip (u ¼ 0.5)
3 No-friction Free-slip (u ¼ 0)

Figure 3. Simulated distribution of solid volume fraction profile for 2D bed (Ug 5 1.19 m/s, i.e., �5Umf, Gidaspow
drag model, ess 5 0.9).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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fraction of particles gives way to a gulf-effect with an upward
flow in the central region and downward flow near the walls.

Experimental studies have shown that the fluidization behav-
ior of fine particles heavily depends on their properties (e.g.,
strength, size distribution, and particle type) and on the agglom-
erates formed during fluidization.18,51–53 Furthermore, due to the
high volume fraction of TiO2 particles in the annular zone and
because they are in contact with each other, TiO2 agglomerates
are formed near the wall. The most common way of fluidizing
fine particles is by reducing the granular Bond number, Bog,
defined as the ratio of interparticle attractive forces (Fo) to parti-
cle body forces (FB) or weight force.

52–54

Bog ¼ Fo

FB

(1)

When Bog number approaches zero the behavior of particles is
similar to cohesionless ones, whereas the behavior for high
values of this number is similar to sticky particles that are
impossible to fluidize.52 The aspects mentioned clearly show
the need for thorough research.

Figure 3 shows a contour plot of solid volume fraction
obtained from numerical simulation by using the Gidaspow55

drag model and partial-slip (u ¼ 0.5) BC with a gas velocity
of 1.19 m/s and static bed height of 0.060 m.

At t ¼ 0.0 s, the bed is in a fixed state, whereas at t ¼
1.0 s, bed height initially increases with bubble formation
and then there is channeling in the center of the bed with
gas bubbles passing through this region without forming a
spout zone, although the whole bed is fluidized.

At t ¼ 1.5 s, the channels merge and fluidization initially
occurs at the central region of the bed. The fluidized region
then expands towards the walls. Although this flow pattern
is reasonably consistent with our experimental observations,
fluidization is delayed in the experimental runs compared to
the simulated behavior. The explanation lies in the delayed
fluidization near the walls in the experimental runs. Ini-
tially, TiO2 particles tend to stick around the corner of the
distributor plate and the gas flow is blocked due to strong
binding between the particles and the distributor plate. Sub-
sequently, the volume fraction of particles in the region
above the internal spout decreases abruptly, causing a sharp
reduction in pressure drop, whereupon the entire bed
becomes mobile.

At t ¼ 2.0 s, the formation of the spout zone is observed
in the center and annular zone near the walls. After 2.5 s,
the gas simply passes through the spout zone, which is
established as the path of minimum resistance, causing the
fountain to shoot up higher without any significant effect
on the overall pressure drop (see also Figure 4). Further-
more, according to the simulation results shown in Figure
4, the overall pressure drop inn the bed peaks with high
fluctuations at the beginning of fluidization and then, subse-
quent �3.5 s, its value decreases with low fluctuations to
around a near steady-state value. Consequently, we use a
steady-state model in the simulations and ignore time-aver-
aging terms. Thus, and based on Figures 3 and 4, the simu-
lated pressure drop and bed expansion ratio used for com-
paring with experimental data are those corresponding to
4.5 s.

Figures 5A–D–7A–D show the solid volume fractions
obtained by using the Syamlal-O’Brien,56 Arastoopour
et al.,57 and Gidaspow55 drag functions listed in Appendix
D, with the partial-slip (u ¼ 0.5) BC for an initial static bed
height or particles loading was 0.048 m,at the superficial gas
velocities of 0.3, 0.5, and 1.43 m/s.

Figure 4. Simulated bed pressure drop using Gidaspow
drag model (Ug 5 1.19 m/s, ess 5 0.9).

Figure 5. Simulated distribution of solid volume fraction by using Syamlal-O’Brien model.

(A) Ug ¼ 0.3 m/s, ess ¼ 0.9; (B) Ug ¼ 0.5 m/s, ess ¼ 0.9; (C) Ug ¼ 1.43 m/s, ess ¼ 0.9; (D) Ug ¼ 1.43 m/s, ess ¼ 0.99. [Color figure can
be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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As observed in Figures 5–7, the three drag models predict
major changes in the solid volume fraction in both the spout
and annular zones with gas velocity. Thus, as gas velocity
increased from 0.3 to 1.43 m/s the solid volume fraction
decreases in both the spout and annular zones. However, the
values of the solid volume fraction in the spout zone are
lower than in the annular zone in the full fluidization state.46

By comparing the flow patterns using different gas veloc-
ities, at low gas velocities, i.e., Ug ¼ 0.3 m/s (Figures 5–7
A), the bed height initially increases due to bubble forma-
tion, and the gas pushes particles back near the inlet, giving
way to the formation of a cavity in the packed bed for all
models, especially when the Syamlal-O’Brien56 drag model
is used, Figures 5A, B; bed height then decreases and levels
off at a steady state. The bubbles become stretched due to
bed wall effects and interaction with each other, and then
they move upwards, forming larger bubbles. These bubbles
burst and split when reaching the top of the bed.

At high gas velocities, i.e., Ug ¼ 1.43 m/s, (Figures 5–7
D); large bubble that disrupt the homogeneity of the bed are
formed initially, but when the bed reaches steady state, the
bubbles disappear and a good particle circulation rate is
established, and the three flow regions are observed with the
three models.

Nevertheless, according to the literature, it seems that the
choice of the drag function and the value of solid volume
fraction at different particle loadings may affect the simu-
lated flow patterns and both the over- and under-estimations
of the drag models in the particle phase bring about the
deviation of the flow pattern from stable fluidization state.
Thus, Du et al.58 showed that the difference between drag
models is significant in spouted beds when the solid volume
fraction is higher than 0.2, which is the case in these beds,
except in the lower section of the spout.

The sensitivity of the bed to the restitution coefficient, ess,
which reflects elastic particle-particle collisions, is investi-
gated in Figures 5C–D–7C–D. As observed, the predictions
of the three models are influenced by this parameter.

As observed, an increase in the restitution coefficient from
0.9 to 0.99 leads to the prediction of the bubbling state. Fur-
thermore, an increase in the restitution coefficient involves
more elastic particle-particle collisions and particle-phase tur-
bulence and a decrease in the dissipation of granular energy,
Eq. A15 (see Appendix A), which leads to large inhomogene-
ities (or bubbles) in the fluidized bed. The main mechanism
for the production of granular energy is the shear caused by
the particles falling under gravity near the walls. Consequently,
higher solid volume fractions are obtained with a restitution

Figure 7. Simulated distribution of solid volume fraction by using Arastoopour model.

(A) Ug ¼ 0.3 m/s, ess ¼ 0.9; (B) Ug ¼ 0.5 m/s, ess ¼ 0.9; (C) Ug ¼ 1.43 m/s, ess ¼ 0.9; (D) Ug ¼ 1.43 m/s, ess ¼ 0.99. [Color figure can
be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 6. Simulated distribution of solid volume fraction by using Gidaspow model.

(A) Ug ¼ 0.3 m/s, ess ¼ 0.9; (B) Ug ¼ 0.5 m/s, ess ¼ 0.9; (C) Ug ¼ 1.43 m/s, ess ¼ 0.9; (D) Ug ¼ 1.43 m/s, ess ¼ 0.99. [Color figure can
be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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coefficient of 0.9 than with ess ¼ 0.99, Figures 5C–D–7C–D.
Goldschmidt et al.59 reported that varying this parameter had a
significant impact on bubbling bed hydrodynamics with Gel-
dart B particles, but simulation results obtained by Neri and
Gidaspow,31 McKeen and Pugsley60 and Almuttahar and
Taghipour38 show that the restitution coefficient plays only a
minor role in a multiphase system with Geldart A particles
(such as FCC particles) in a circulating fluidized bed riser.
Therefore, the value of the restitution coefficient was main-
tained at 0.9 in subsequent simulations.

The experimental data and simulation results for the bed
expansion ratio (H/Ho) using the Syamlal-O’Brien,56 Arastoo-
pour et al.,57 and Gidaspow55 drag functions for a static bed
height (Ho) of 0.048 m and several superficial gas velocities
are depicted in Figure 8. The three models consistently predict
an increase in bed expansion by increasing gas velocity. The
relative standard deviation between experimental data and the
CFD simulation results for the bed expansion ratio using
Syamlal-O’Brien, Arastoopour and Gidaspow are 10.4%,
8.2%, and 6.8%, respectively. Clearly, the Gidaspow drag
function is better at predicting bed expansion than the Syam-
lal-O’Brien and Arastoopour drag functions.

Flow recirculation and, consequently, intense particle mix-
ing are expected with air velocities of 1.19 m/s. Based on
the observation of air-solid particle flow, the particle mixing
behavior in conical fluidized beds is due to the following
three mechanisms: (1) diffusion—particles diffuse from the
central spout region to the annular dense region, especially
in the middle of the bed. (2) Transportation and circula-
tion—particles are transported upwards in the spout region
and then, when they reach the upper part of the bed (section
H in Figure 9), move downwards in the dense annular
region. Subsequently, particles entrain from the dense annu-
lar region into the spout region, especially in the distributor
region, leading to continuous circulation and mixing. (3)
Bubble action—bubbles containing particles move upwards
and outwards, which contributes to their radial and axial
mixing. The simulated path lines and particle velocity vec-
tors in the bed are shown in Figures 9A, B, respectively,
which have been calculated by using the Gidaspow drag
model for a static bed height (Ho) of 0.024 m. Path lines are
the lines travelled by neutrally buoyant particles in equilib-
rium with the fluid motion and are an excellent tool for the
visualization of complex two- or three-dimensional flows.
The simulation of path lines is presented in Figure 9A. The
air bubbled through the bed flows towards the outlet follow-
ing a recirculation path. Figure 9B also shows the expanded
bed obtained by simulation at Ug ¼ 1.19 m/s.

The static-to-fluidized bed transition mechanism is best
described by means of a plot of pressure drop as a function
of superficial gas velocity. This plot is usually called a char-
acteristic curve.24,43,61,62 In this curve, pressure drop gradu-
ally increases by increasing gas velocity and a point is
reached at which pressure drop approximately balances the
weight of particles per unit area.

Figure 10 shows the experimental pressure drop across the
bed when the static bed height or particle loading is 0.060
m. As observed, as superficial gas velocity is increased
above 0.24 m/s, the flow regime changes from fixed bed (I)
to core-type partial fluidized bed (II). In this state, pressure
drop is above the weight of particles per unit area, which

Figure 8. Comparison of experimental and simulated
bed expansion ratios.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 9. (A) Simulated path lines and (B) Vector veloc-
ities of particles.

(Ho ¼ 0.024 m, Ug ¼ 1.19 m/s, drag function: Gidaspow,
ess ¼ 0.9). [Color figure can be viewed in the online issue,
which is available at wileyonlinelibrary.com.]

Figure 10. Experimental pressure drop across the bed
(Ho 5 0.060 m).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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has been termed as overpressure in the fluidization litera-
ture.17,43,53,55,63–66 This overpressure is required to overcome
the adhesion between TiO2 particles and between these par-
ticles and the wall. In the case of this system with poly-dis-
persed TiO2 particles, overpressure is found to be accompa-
nied by vigorous eruption of particles via local channeling in
the bed.

At high superficial velocities above 0.5 m/s, the flow re-
gime changes from core-type to a fully fluidized bed (III)
state.

Figures 11–14 show the experimental (Figures 11A–14A)
and simulated (Figures 11B–14B) pressure drop values
across the bed as a function of superficial gas velocity. The
Gidaspow drag function has been used to obtain the simu-
lated values. Four static bed heights, i.e., 0.012, 0.024,
0.048, and 0.060 m, of poly-dispersed TiO2 particles have
been used in the experiments, whereas an average particle
diameter equal to 280 lm has been taken for all simulations.
The experiments show that at the initial stage of relatively
low velocities (below 0.1 m/s) TiO2 particles tend to stick to
each other and to the walls with almost no particle motion.
At this stage, the bed is in a fixed state (stretch I in Figure
10), and once a peak pressure drop has been reached fluid-
ization starts abruptly for higher velocities (above 0.7 m/s),

but severe channeling takes places at the same time, which
gives way to a decrease in pressure drop. The experimental
data (Figures 11A–14A) show that pressure drop remains
approximately constant around 465, 520, 690, and 785 Pa
for the static bed heights of 0.012, 0.024, 0.048, and 0.060
m, respectively. This is an indication that wall friction has a
greater influence on the overall pressure drop as particle
loading is increased. Figures 11A–14A also show that as
static bed height is increased from 0.012 m to 0.024, 0.048,
and 0.060 m the peak pressure drop increases from 580 to
690, 940, and 1050 Pa, respectively.

According to Figures 11A–14A and to visual observations,
the minimum fluidization velocity, Umf, is that corresponding
to the peak pressure drop and it increases as static bed
height is increased. Thus, for the static bed heights of 0.012,
0.024, 0.048, and 0.060 m, the minimum fluidization veloc-
ities are 0.10 to 0.11, 0.18, and 0.23 m/s, respectively. The
increase in the minimum fluidization velocity is due to the
fact that the conical vessel containing low static bed heights
allows higher superficial gas velocities and flow dissipation
rates than high static bed heights.

Figures 11B–14B show that the simulated pressure drop
values are lower than the experimental data obtained by
increasing gas velocity step by step. The highest deviations

Figure 11. Simulated bed pressure drop using Gidaspow drag model for Ho 5 0.012 m.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 12. Simulated bed pressure drop using Gidaspow drag model for Ho 5 0.024 m.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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are found at relatively low gas velocities, corresponding to
U � 1–3Umf. Therefore, the simulation results show better
agreement with the experimental data at velocities above U
� 4–6Umf. Under these conditions (U[[Umf), the flow of
gas and particles is fully developed, there is no acceleration
or deceleration of particles and these recirculation at the
walls, whereby pressure drop is constant.

Table 4 shows the experimental and simulation results for
the minimum fluidization velocity obtained using the three
different types of BC for four static bed heights. Table 5
shows the relative deviation between the experimental data
and those obtained in the simulation using each type of BC.

According to Figures 11–14 and Tables 4 and 5, the follow-
ing points should be noted: (1) an increase in the static bed
height tends to cause more TiO2 particle agglomeration due to
particle-particle collisions in the bed. Therefore, the highest
deviations between the experimental and simulation results are
found at the maximum particle loading studied (Ho ¼ 0.060
m). Based on Figure 14A, the two velocities that best describe
bed behavior are the incipient fluidization velocity (primary
minimum fluidization velocity, Umf) for a superficial gas veloc-
ity of 0.236 m/s, and the complete fluidization velocity for a
superficial gas velocity �0.7 m/s (i.e., Ug � 3Umf). Tanfara
et al.23 studied the mixing and segregation behavior of fluid-
ized beds and defined a diameter ratio, dR, as the ratio of the
mean diameter of the larger particle to the smaller particle.

When dR is between 1 and 2, mixing is complete, whereas for
larger values of dR segregation is significant and excess gas
velocities are needed for complete particle mixing. Given that
the agglomeration of TiO2 particles in the bed occurs through-
out fluidization, the values of diameter ratio (dR) have been
determined, and they are �2.5 (�312 lm–125 lm) and 3.2
(�480 lm–150 lm) for particle loadings Ho ¼ 0.012 and Ho

¼ 0.060 m, respectively. This means that further research is
required on the minimum fluidization velocity with high parti-
cle loadings (Ho [ 0.060 m).
(2) For low particle loadings (i.e., Ho ¼ 0.012 m),

because of its dependency on a2s the main dissipation is due
to the drag interaction between gas and particles. Therefore,
the lowest value of u (u ¼ 0 or zero shear condition at the
wall), corresponding to the free-slip BC, is required to obtain
reasonable agreement with experimental data.
(3) The determination of the best BC for the model is dif-

ficult when the static bed height is 0.024 m, given that the
results obtained with the three types of BC are close to each
other.
(4) The use of the partial-slip BC (u ¼ 0.5) in the simula-
tions gives the lowest value of the mean standard deviation
compared to the other BC. This is explained by the facts
mentioned in points 1 and 2. Thus, the lowest deviations
between the experimental data and simulation results are
found for low particle loadings and, for these beds, the

Figure 13. Simulated bed pressure drop using Gidaspow drag model for Ho 5 0.048 m.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 14. Simulated bed pressure drop using Gidaspow drag model for Ho 5 0.060 m.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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lowest value of specularity coefficient is required. Further-
more, relevant studies38,41 shows that steady-state solutions,
like those obtained in this study by ignoring the terms aris-
ing from time-averaging, require the use of high values of u.
Therefore, introducing the mean value of u, corresponding
to the partial-slip BC instead of free- or no-slip BC, gives
way to a slightly better prediction of the minimum fluidiza-
tion velocity.

Simulated bed expansion bed ratios (H/Ho) are compared
in Figure 15 (Ho ¼ 0.012 m (Figure 15A) and Ho ¼ 0.060
m (Figure 15B) using the Gidaspow55 drag function and the
three BC for two static bed heights.

According to Figure 15, the following points should be
noted: (1) bed expansion ratio increases almost linearly by
increasing gas velocity. (2) An increase in static bed height
from 0.012 to 0.060 m leads to a decrease in bed expansion
ratio from a value of about 15.3 to 5.7, respectively, at a su-
perficial gas velocity of 1.4 m/s. This is explained by the
fact that, increasing TiO2 particle loading causes more
agglomeration of finer particles (dp \ 120 lm) due to inter-
particle forces, such as van der Walls or electrostatic forces
in the absence of moisture force. Kinetic energy is dissipated
in the agglomeration process, not only by collision but also
by surface cohesion of particle-particle bindings, which may
make an even more significant contribution to total energy
dissipation.

Table 6 shows the relative standard deviation between the
experimental data and the simulation results obtained with
the three types of BC. As observed, the simulated bed
expansion ratios calculated for low particle loadings (i.e., Ho

¼ 0.012 m) using the partial-slip BC (Run 2) and the free-
slip BC (Run 3) are similar and more consistent with the ex-

perimental data than those calculated using the no-slip BC.
In fact, the partial-slip BC (Run 2) was implemented to
increase energy dissipation at the wall, which results in a
better prediction of the bed expansion ratio. For the higher
particle loading (Ho ¼ 0.060 m), the fitting is worse for all
the simulations, although the results corresponding to the
free-slip BC (Run 3) are those that better fit with the experi-
mental data. This result shows that further research is
required on the effect of the specularity coefficient in high
particle loading systems.

Conclusions

The hydrodynamic behavior of poly-dispersed dried
micrometric TiO2 particles belonging to A/C boundary of
Geldart’s classification has been studied experimentally and
numerically in a conical fluidized bed at different superficial
gas velocities and using several static bed heights (particle
loadings). The particle flow regime in the conical bed is sim-
ilar to spouted beds, and there is a transition from the fixed
bed to core-type fluidized bed and then to a fully fluidized
bed state when the superficial gas velocity is sufficiently
high. Similar to spouted beds, three regions are distinguished
in the bed, namely, the spout and annular zones in the center
and near the walls, respectively, and the fountain located at
the top of the bed. The experimental and numerical results
show that the bed expansion ratio and pressure drop increase
by increasing gas velocity. For low particle loadings (i.e., Ho

¼ 0.012 m), the fluidizing gas flows relatively freely through
interconnected channels and cracks, and the bed becomes

Figure 15. Comparison of experimental data and simulated bed expansion ratios. (A) Ho 5 0.012 m, (B) Ho 5 0.060 m.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Table 4. Experimental and Simulated Values of Minimum
Fluidization Velocity

Ho (m)

Umf (m/s)

Exp. Run 1 Run 2 Run 3

0.012 0.108 0.101 0.103 0.102
0.024 0.117 0.108 0.110 0.109
0.048 0.180 0.161 0.163 0.162
0.060 0.236 0.207 0.211 0.208

Table 5. Relative Standard Deviation Between the
Experimental and Simulation Results of Minimum

Fluidization Velocity

Ho (m)

Relative Standard Deviation (%)

Run 1 Run 2 Run 3

0.012 6.30 4.62 5.75
0.024 7.60 5.98 7.07
0.048 10.55 9.44 10.00
0.060 12.28 10.59 11.86
Mean standard deviation 9.18 7.65 8.84
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fully fluidized when pressure drop overcomes particle weight
per unit area, whereas for high particle loadings (i.e., Ho ¼
0.060 m), fluidization occurs first in the central region of the
bed and then extends toward the walls as the superficial gas
velocity is gradually increased.

The minimum fluidization velocity is determined for dif-
ferent particle loadings from the relationship between differ-
ential bed pressure drop and gas velocity. An increase in bed
depth from 0.012 to 0.060 m leads to an increase in mini-
mum fluidization velocity from 0.108 to 0.23 m/s, whereas it
leads to a decrease in the bed expansion ratio from 15.3 to
5.7, respectively. For high particle loadings (i.e., Ho ¼ 0.060
m), two velocities (incipient and complete fluidization veloc-
ity) are required to describe bed behavior, whereas for low
particle loadings (i.e., Ho ¼ 0.012 m), only the minimum
fluidization velocity is noted in a characteristic curve.

The Eulerian-Eulerian approach is applied to model gas-
solid two-phase flow of TiO2 micro-sized particles at steady
state. The simulations have been run using the Syamlal-
O’Brien,56 Arastoopour et al.,57 and Gidaspow55 drag func-
tions, and the results obtained have been compared with the
experimental data. The main conclusion is that the drag func-
tion proposed by Gidaspow55 gives a better prediction than the
other ones for bed expansion ratio and the Syamlal-O’Brien54

drag function predicts a bubbling state and lower bed expan-
sion than the other ones. Furthermore, an increase in the resti-
tution coefficient value from 0.9 to 0.99 predicts the bubbling
state. The simulation results using the Gidaspow drag function
predict the spout, annular and fountain zones that have been
experimentally observed. Three different types of BC, i.e., no-
slip, free-slip, and partial-slip (u ¼ 0.5), have been used in the
numerical simulation of the solid phase at the vessel wall.

The highest deviations between the experimental data and
simulation results in the characteristic curves have been
found for high particle loadings (i.e., Ho ¼ 0.060 m), which
is explained because increasing particle loading causes more
agglomeration of TiO2 fine particles. These conditions can
be minimized or prevented by reducing particle loading. Fur-
thermore, the use of the partial-slip BC (u ¼ 0.5) in the sim-
ulations gives a lower value of mean standard deviation in
the determination of the minimum fluidization velocity than
when using the free- or no-slip boundary. However, the
results obtained for bed expansion ratio using the free-slip
BC are slightly better than those obtained by implementing
the model with the other BC. A final remark is the need for
further experimental and simulation studies with high parti-
cle loadings for the validation of CFD models in conical flu-
idized beds.
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Notation

Symbols

B ¼ slip coefficient, dimensionless
Bog ¼ granular bond number, dimensionless
CD ¼ drag coefficient, dimensionless

C1l, C1e, C2e, C3e ¼ constants in the gas turbulence model
di ¼ inlet diameter, m
dp ¼ particle diameter, m

dp, avg ¼ average particle diameter, m
ess ¼ Restitution coefficient, dimensionless
g ¼ acceleration due to gravity, m/s2

g0,ss ¼ radial distribution coefficient, dimensionless
h ¼ total height of column, m
H ¼ expanded bed height, m
Ho ¼ static bed height, m
I ¼ Stress tensor, dimensionless

I2D ¼ Second invariant of the strain rate tensor, s�2

k ¼ Turbulent kinetic energy, kg/ms3

kg ¼ turbulence quantities of gas phase, m2/s2

k hs ¼ diffusion coefficient for granular energy, kg/ms
P ¼ Pressure, Pa
pf ¼ frictional stress, dimensionless
R,r ¼ Radius, m
Re ¼ Reynolds number, dimensionless
T ¼ time, s

U,u ¼ gas velocity, m/s
V ¼ particle velocity, m/s
X ¼ weight fraction
z ¼ height from the bottom of the vessel

Greek letters

ai ¼ volume fraction, dimensionless
ai ¼ loose bed volume fraction, dimensionless
b ¼ Momentum interphase exchange coefficient,

dimensionless
e ¼ turbulence dissipation rate, m2/s3

chm ¼ collision dissipation of energy, kg/ms3

c ¼ cone angle
fgs ¼ transfer rate of kinetic energy, kg/ms3

u ¼ specularity coefficient, dimensionless
hi ¼ granular temperature, m2/s2

ki ¼ bulk viscosity, kg/ms
li ¼ shear viscosity, kg/ms
P ¼ turbulence exchange terms between gas and solid

phases
mi ¼ kinematic viscosity, m2/s
qi ¼ density, kg/m3

si ¼ stress tensor, Pa
sts;g ¼ Lagrangian integral time scale, s
sxs;g ¼ particle relaxation time, s

Subscripts

b ¼ Bulk
g ¼ gas
i ¼ general index

mf ¼ minimum fluidization
o ¼ outlet
p ¼ particle
q ¼ phase
s ¼ solids
t ¼ terminal (e.g. vt is the terminal velocity)
w ¼ wall
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Appendix A

From the point of view of the force balance, drag force is
the accelerating force, which acting on the TiO2 particles
and should approximately balance its buoyant weight that
arise from the gravity which is the main decelerating force.
It is therefore constructive to compare the cohesion forces in
relation to the buoyant weight of single particle.

Appendix B

A turbulence model is a computational procedure to close
the set of mean flow equations. The choice of turbulence
model depends on considerations such as the physically
encompassed inlet flow, the established particle for a specific

Table A1. Governing Equations for Gas/Solid Flows

Continuity equation for phase i (i ¼ g for gas and s for solid)

@
@t

ðaiqiÞ þ r:ðaiqi v
!
iÞ ¼ 0 (A1)

Momentum conservation equation for gas and solid phase
@

@t
ðagqgUg

!Þþ r:ðagqg Ug

!
Ug

! Þ

¼ �agrPþr:sg � b ðUg

! �~vsÞ þ agqg g
!

(A2)

@

@t
ðasqs vs

!Þ þ r:ðasqs vs
!
vs
!Þ

¼ �asrPþr:ss �rPs þ bðU!g �~vsÞ þ asqs g
!

(A3)

Granular temperature conservation for solid phase

3

2

@

@t
asqshsð Þ þ r: asqshs~vsð Þ

� �

¼ �ðPsIþ asssÞ : r:~vs �r: khsrhsð Þ � chs þ /gs

(A4)

Table A2. Constitutive Equations for Momentum

Solid stress-strain tensor

s ¼ ls r~vs þðr~vsÞT
8: 9;þ ks � 2

3
ls

8>: 9>;r:~vs (A5)

Fluid-particle interaction exchange coefficient

b ¼ 1� ugs

� �
KErgun þ ugsKWen�Yu (A6)

Ergun29 equation for dense phase calculation

b ¼ 150
a2slg
agd

2
s

þ1:75
asqg
ds

vs
! �Ug

!��� ��� ag � 0:8 (A7)

Wen and Yu67 equation for dilute phase calculation

b ¼ 3

4
CD

asagqg vs
! �Ug

!��� ���
ds

:a�2:65
g agi0:8 (A8)

Drag function

CD ¼ 24

Res
1þ 0:15ðResÞ0:687
h i

Resh1000 (A9)

CD ¼ 0:44 Res � 1000 (A10)

Relative Reynolds number

Res ¼
qg:ds: vs

! �Ug

!��� ���
lg

(A11)

Solid shear viscosity

ls ¼ ls; kinetic þ ls ;fr þ ls;col (A12)

Solid bulk viscosity

ks ¼ 4

3
e2sqsdsg0;ss 1þ essð Þ

ffiffiffiffi
hs
p

r
(A13)

Solid frictional viscosity

lf ¼ pf sinðuÞ=2
ffiffiffiffiffiffi
I2D

p
(A14)

Collision dissipation of energy

chm ¼ 12ð1� e2ssÞg0;ss
dp

ffiffiffi
p

p qsa
2
sh

3=2
s (A15)

Solid pressure

Ps ¼ asqshs þ 2qs 1þ essð Þa2sg0;sshs (A16)

Radial distribution function

g0;ss ¼ 1� as
as;Max

8>>: 9>>;1=3
" #�1

(A17)

Mean particle diameter

dp ¼ 1=
X

xi=dpi
� �

(A18)

Density of the mixture

qp ¼
X

xiqi (A19)

Granular energy diffusion coefficient

Khs ¼ 150:qs
ffiffiffiffiffiffiffiffi
hs:p

p
384: 1þ essð Þ:g0;ss : 1þ 6

5
:as:g0;ss: 1þ essð Þ

� �2
(A20)

Transfer of kinetic energy

/gs ¼ �3bhs (A21)
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type of problem, the level of accuracy required, the available
computational resources and the amount of time available
for the simulation. Turbulence predictions are obtained
from the k-e turbulence model. This model is a semiempiri-
cal one based on model transport equations for turbulence
kinetic energy (k) and dissipation rate (e). The model trans-
port equation for k is derived from the exact equation,
while the model transport equation for e is obtained using
physical reasoning and bears little resemblance to a mathe-
matically exact counterpart. This model is valid only for
fully turbulent flows, and the effects of molecular viscosity
are negligible.

Appendix C

The specularity coefficient u is a measure of the fraction
of collisions which transfer momentum to wall and varies
from zero (free-slip condition) to one (no-slip condition).

Table B1. k-e Turbulence Model, Constants and Parameters

Turbulence kinetic energy (k)

agqg
@k

@t
þ ~Ug;j

@k

@xj

� �
¼ @

@xi
ag

lt;g
rk

@k

@xi

8>: 9>;
þ agsg;ij

@~Ug;i

@xj
� agqgeg þPk;g

(B1)

Turbulence dissipation rate (e)

agqg
@e
@t

þ ~Ug;j
@e
@xj

� �

¼ @

@xi
ag

lt;g
re

@e
@xi

8>: 9>;þ ag
e
k

C1sg;ij
@~Ug;i

@xj
� C2qge

8>>>:
9>>>;þPe;g

(B2)

where rk and re are the turbulence Prandtl
number for k and e, respectively

Gas phase stress term

sg;ij ¼ 2le;g:Sg;ij Sg;ij ¼ 1

2

@~Ug;i

@xj
þ @~Ug;j

@xi

8>>>:
9>>>;� 1

3

@~Ug;i

@xi
dij (B3)

Gas phase viscosity model

le;g ¼ min lmax;lg þ lt;g
� �

(B4)

For k-e or Simonin66 model

lt;g ¼ qgCl
k2g
e

(B5)

Turbulence interaction terms for Simonin66 model

Pk;g ¼ b kg;s � 2kg
� �

(B6)

Pe;g ¼ C3e e=Kð ÞPk;g (B7)

kg;s ¼ gt
1þ 1þ Xs;g

� �
gt

2kþ 3Xs;ghs
� �

(B8)

Lagrangian integral time scale

sts;g ¼
stgffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi

1þ Cbn
2
r

q (B9)

Time scale of turbulent eddies

stg ¼
3

2
Cl

k

e
(B10)

Particle relaxation time

sxs;g ¼
asqs
b

(B11)

Ratio between the Lagrangian integral time scale
and the particle relaxation time:

gt ¼
sts;g
sxs;g

(B12)

New time scale in Simonin model

1
ss ¼ 2

sxg;s
þ rc

scs
(B13)

Collisional time scale

(Continued)

Table C1. Johnson and Jackson
42

Semiempirical Equations

Tangential velocity

vs;w ¼ �B
@vs;w
@n

(C1)

Slip coefficient

B ¼ 6as:lsffiffiffi
3

p ffiffiffi
h

p
:p:u:qsg0;ss

(C2)

Granular temperature at walls,

hw ¼ �C1

@hw
@n

þ C2 (C3)

Constants

C1 ¼ khs
cw

; C2 ¼
ffiffiffi
3

p
pqsu

2
s;slipg0;ssh

3=2
s

6as;max

(C4)

where

cw ¼
ffiffiffi
3

p
p 1� e2w
� �

as:g0;ss:h
3=2
s

4as;max

(C5)

Table B1. (Continued)

scs ¼
dp

6asg0
ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
16hs=p

p (B14)

Constants in k-e turbulence model

rk;re; Cl;C1e;C2e;C3e ¼ 1:0; 1:3;
0.09, 1.44, 1.92, and 1.22, respectively.

(B15)

Additional parameters used in turbulence models

n2r ¼
3 v2Slip
2k

; rc ¼ 1þ eð Þ 3� eð Þ=5;

xs;g ¼ asqs
agqg

; cb ¼ 1:8� 1:35 cos2 h
(B16)

Here h is the angle between the mean particle
velocity and the mean slip velocity
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Appendix D

The drag models and the corresponding correlations of b
to be investigated in this study are summarized in Table.

Manuscript received July 31, 2010, revision received Nov. 15, 2010, and final
revision received Mar. 14, 2011.

Table D1. Drag Models

Syamlal-O0Brien68

b ¼ 3

4

CD

f 2
qgj�v� uj

dP
asag (D1)

where f is the ratio of the solid velocity to the terminal velocity of a
single particle.

Arastoopour et al.57

b ¼ 17:3

ReP
þ 0:336

� �
qg
dP

j�v� ujasa�2:8
g ReP ¼ dPj�v� ujqg

lg
(D2)

Gidaspow55

bErgum ¼ 150
a2slg
agd2P

þ 1:75
asqg
dP

jV � Uj; ag\0:8

bWen�Yu ¼
3

4
CD

asqg
d

jV �Uja�2:65
g ; ag�0:8

8>>><
>>>:

(D3)

CD ¼ 24

ReP1
½1þ 0:15ðReP1Þ0:687�; Rep\1000

CD ¼ 0:44; p �1000

8<
:

(Continued)

Table D1. (Continued)

Rep ¼
agqgj�v� ujdP

lg
To avoid discontinuity of the two equations, a switch function is
introduced to give a rapid transition from refs. 69–70

ugs ¼
arctan½150� 1:75ð0:2� asÞ�

p
þ 0:5

CD ¼ 0:63þ 4:8ffiffiffiffiffiffiffiffiffiffiffiffiffiffi
Rep=as

p
8>>>:

9>>>;2

2 f ¼ A� 0:06 ReP

þ
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:0036 Re2P þ 0:12 RePð2B� AÞ þ A2

q
A ¼ a4:14g

B ¼ a2:65g ; as \ 0:15

B ¼ 0:8a1:28g ; as � 0:15

(
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